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Abstract 

The City of Boca Raton Florida is currently constructing a 40-mgd nanofiltration plant. 
This will be the largest plant of its kind in the world when it is commissioned in late 
2003. This paper focuses on the design features of the plant and the results of extensive 
pilot and bench-scale tests. The pilot and bench-scale tests were conducted to find ways 
to reduce the severe fouling caused by the very high organic content of the raw ground 
water. Some interesting results from the testing are discussed including zeta potential 
and electrophoretic testing and side-by- side comparisons of various membranes and 
antiscalants. 

Introduction 

In order to reduce finished water color levels and enhance their ability to meet drinking 
water regulations for disinfection by-products (DBP), the City of Boca Raton is in the 
process of constructing a 40-mgd nanofiltration plant — the largest of its kind in the 
world. 

In recent years, the City of Boca Raton, Florida, has experienced a gradual, but steady 
increase in the levels of color in the raw and finished water at its Glades Road Water 
Treatment Plant. In addition, high levels of dissolved organics in the raw water have 
made compliance with new, more stringent regulations for DBPs more difficult with the 
existing lime softening process. While the conventional lime process does remove some 
color, DBP precursors, and associated constituents, it is not capable of consistently and 
reliably meeting both DBP and color standards simultaneously. Faced with increasing 
customer dissatisfaction with high color levels in the finished water and stricter drinking 
water regulations for DBPs, the City recognized the need to pursue other treatment 
process alternatives to meet its drinking water quality objectives. 

In order to meet these goals, the City evaluated several alternatives for process 
modifications, including enhanced lime softening, ozonation, and membrane softening. 
Due to the efficiency of the membrane process in simultaneously removing color and 
DBP precursors, the City selected the membrane softening process to enhance their 
existing treatment facilities. This technology is being used increasingly in Florida as an 
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alternative (or a complement) to conventional lime softening to treat relatively high 
colored groundwater supplies such as the City's. Nanofiltration membranes provide a way 
of removing over 90 percent of the total organic carbon (TOC) from the raw water 
therefore eliminating the majority of the precursors to DBPs. In addition, pilot testing of 
nanofiltration at the City produced finished water with a color of less than two color units 
(CU). 

The Camp Dresser & McKee (CDM) project team includes CH2M Hill and laboratory 
research on membrane fouling has been conducted by Dr. Harvey Winters, 

Early Pilot Testing 

Early in the design phase of this project, it was recognized that the raw water at the 
Glades Road Water Treatment Plant (WTP) presented several challenges for developing a 
successful membrane treatment process, A membrane pilot test program was initiated to 
address pretreatment concerns and to develop a membrane treatment process design that 
would meet the City's water treatment objectives. The pilot testing revealed that 
cartridge filter and membrane fouling was a significant problem that needed to be 
addressed in the design. Fouling issues included sand and silt, oxidation of iron and 
hydrogen sulfide, biofouling, and dissolved organic foulants. Due to the extent of fouling 
encountered in the pilot testing, it was evident that the raw water quality must be 
improved through rehabilitation of the existing wellfield and/or installation of multimedia 
pressure filters. Initial fouling of the cartridge filters was so rapid that filter cartridge 
replacement was required approximately every seven days. To address this problem, a 
multimedia filter was installed upstream of the cartridge filters to lengthen their run time. 

After the installation of the multimedia filter, a significant improvement was seen in the 
operating life of the cartridge filters; however, membrane fouling continued to be an 
issue. The pilot plant operating data still showed a continuous decline in membrane flux 
due to dissolved organic foulants. These flux decline trends in all three stages of the 
membrane pilot plant are shown in Figure 1, 

A variety of pretreatment chemical combinations and membrane models were 
investigated in an effort to alleviate these fouling problems. Pilot testing activities aimed 
at addressing this membrane fouling problem included: 

• Demonstration of operation without acid addition 

• Side-by-side comparisons of several membranes with respect to fouling 
characteristics and hardness rejection 

• Side-by-side comparisons of antiscalants and dispersants to assess impacts on fouling 

The results of these tests are summarized in Figure 1. During the operating period from 
25500 to 30800 hours, four test runs using different combinations of acid and antiscalants 
were conducted. These tests included several brands of the most commonly used 
antiscalants and antifoulants in the industry. These tests were characterized by 
membrane fouling and rapid declines in membrane mass transfer coefficient. Fouling at 



2 



these rates would require cleaning at less than three month intervals, which was 
considered to be unacceptable. 

FIGURE 1. MASS TRANSFER COEFFICIENT VS. TIME OF OPERATION 
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Operation without Acid and Antiscalant 

After several unsuccessful test runs using some of the most widely used pretreatment 
chemicals in the membrane industry, several membranes were removed from the pilot 
test unit for autopsy analysis. The results of this testing revealed that, while substantial 
fractions of the foulants were consistent with naturally occurring humic acids, other 
components consistent with the active ingredients of the antiscalant chemicals were also 
observed in significant concentrations. The results of the membrane autopsies and 
observations from other membrane treatment plants in South Florida with high humic 
acid concentrations appeared to indicate that these antiscalants may actually be 
complexing with the naturally occurring humic acids and may be contributing to the 
fouling problem. To test this theory, it was decided to operate the pilot unit without 
either acid or antiscalant addition. 

A comparison of operation with and without antiscalant addition is illustrated in Figure 
2, The initial 20 days of operation is indicative of pilot unit performance using 
antiscalant with no acid addition. Operation during this period is characterized by fouling 
and a rapid decline in mass transfer coefficient in both stages. Testing from day 22 
through the remainder of the test run was conducted without acid or antiscalant 
pretreatment chemicals. Although there was slightly more than a 10 percent decline in 
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mass transfer coefficient in the second stage, operation during this period was much more 
stable than in the previous test and the testing summarized in Figure 1. 

FIGURE 2. MASS TRANSFER COEFFICIENT VS. TIME OF OPERATION 
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New Low Fouling Membranes 

Following the initial successful trial run without acid and antiscalant, it was decided to 
replace the membranes, which had been installed in the pilot unit during the various 
pretreatment chemical trial runs, with a new set of membranes. The membranes selected 
for this testing were a new prototype model from Hydranautics that were developed 
specifically to have a reduced fouling potential for waters with high humic acid 
concentrations. These membrane elements were predecessors to what would later 
become the ESNA LF line of low fouling nanofiltration membranes. The ESNA LF 
membranes will use similar low fouling technology, which has already been applied to 
their LF series of membrane for low pressure RO applications. 

The results of the first sixty days of testing with the new low fouling membranes are 
presented in Figure 3. A minor adjustment was made to the pilot unit operation between 
day 17 and 20; however, it can be seen that the mass transfer coefficients during this 
period of operation were very stable. These results represented the best performance with 
respect to fouling that had been achieved with the pilot testing up to that point. 

The pilot test unit continued to operate with the ESNA LF membranes for approximately 
six to eight months without acid and antiscalant addition. Operation during this period 
was generally stable with respect to humic acid fouling; however, there were periods in 
which SDFs from the wellfield were higher than recommended for pilot unit operation. 
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FIGURE 3. ESNA LF MASS TRANSFER COEFFICIENT VS. TIME 
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This problem was compounded by a drought situation that resulted in water use 
restrictions. The drought lowered groundwater levels, which resulted in entrainment of 
air in some wells with marginal submergence over the pump impellers. In addition, the 
water use restrictions resulted in frequent cycling of the wellfield between watering and 
non-watering days. Both the lower groundwater levels and more frequent cycling of the 
wellfield resulted in increased air entrainment and possibly more solids production from 
the wells. Due to the presence of hydrogen sulfide and iron in the raw water, this air 
entrainment resulted in increased formation of colloidal sulfur and ferric hydroxide and 
unacceptable SDI readings. 

The problem with high SDFs was resolved by providing a new raw water connection for 
the membrane pilot unit. This new raw water connection allowed the pilot unit to operate 
exclusively on water from the northwest wellfield as opposed to a composite blend of all 
wellfields. The northwest wellfield will now be the primary raw water supply for the 
new full-scale membrane plant; therefore, this configuration is considered to be more 
representative of actual full-scale plant operating conditions. After the installation of the 
new raw water line, SDFs were reduced to the range of 2.0 to 2.5 and allowed pilot 
testing to resume. 

Side-by-Side Testing 

Having demonstrated satisfactory operating performance without acid and antiscalant and 
having resolved the high SDI problem, it was decided that membranes from three major 
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membrane manufacturers should be tested side-by- side in the pilot test unit. The primary 
objectives of this testing were: 

• Verify that the project water quality objectives could be achieved and specifically 
determine that the membranes would operate within the required applied pressure 
criteria and would produce water in the proper hardness range. 

• Confirm that membranes from approved membrane manufacturers could perform 
satisfactorily without acid and antiscalant addition. 

• Confirm that membranes from approved membrane manufacturers perform in 
accordance with their performance projection programs. 

The primary permeate water quality requirements for the membrane treatment plant 
design with the corresponding raw water values are summarized in Table 1 . As discussed 

TABLE 1 - REQUIRED WATER QUALITY 



Parameter 


Unit 


Projected 
Raw Water 


Permeate Quality 
Stage 1&2 


Bicarbonate* 


Mg/L 


265 


<175 


Color 


CU 


50 


<2.0 


Sum of Ions 


Mg/L 


450-500 


<300 


Total Hardness 


Mg/L as 
CaC0 3 


250 


50-80 


Total Organic Carbon 


Mg/L as 
C 


12.0 


<1.0 


Total Trihalomethane** 
Formation Potential 


Mg/L 


0.60 


<0.042 


Haloacetic Acid 
Formation Potential*** 


Mg/L 


0.40 


O.030 



in the introduction, primary water quality parameters of concern for this project include 
color, hardness and disinfection byproduct formation potential. The blending rate of lime 
softened water with membrane softened water was selected to result in a finished water 
color of approximately 5.0, Since the lime softened water typically averages 12 CU, a 
2:1 blending rate of membrane softened to lime softened water will result in the required 
finished water color, For corrosion control purposes the City prefers to maintain finished 
water in a hardness range between 70 and 90 mg/1 as CaC0 3 . Based on the selected 
blending ratio and typical lime softened water hardness, the permeate from the membrane 
softening fecility should have a hardness in the range of 50 to 80 mg/1 as CaC0 3 to meet 
this objective. Similarly permeate THM and HA A formation potential need to be within 
the specified ranges to satisfy the finished water quality requirements. 
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Three major nanofiltration membrane element manufacturers were asked to provide 
membrane performance projections for the full-scale membrane plant and seven of the 
corresponding model of 4- inch diameter membrane elements for the side-by- side testing. 
Based on a review of these membrane performance projections, the maximum design 
transmembrane pressure for this project was set at 80 psi In general, elements from all 
three manufacturers were able to operate within the required transmembrane pressure. 



FIGURE 4. ESNA LF PERMEATE HARDNESS VS. TIME 
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In contrast, only one of the membrane element manufacturers was able to produce 
permeate in the specified hardness range. A graph of permeate hardness versus time for 
the side-by-side testing is provided in Figure 4. This graph illustrates that the 
membranes initially provided by both membrane manufacturers B and C produced 
permeate with hardness well below the specified range. Manufacture C subsequently 
provided an alternate membrane element with lower hardness rejection. These new 
membrane elements were installed in the pilot unit on day 15 and as shown in the graph, 
the permeate hardness produced by this membrane was well above the desirable range. 
Neither manufactures B or C were able to offer hybrid designs acceptable to the City 
which could meet the permeate hardness target. 
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Only the membrane from manufacturer A produced water in the specified hardness range. 
Although the ESNA LF membrane was not originally included in the side-by-side testing 
due to price considerations, this membrane was subsequently added to the testing because 
of its more stable operating performance. As shown in Figure 4 although membrane A 
produced permeate hardness in the proper range, the membrane exhibited more 
susceptibility to humic acid fouling as evidenced by decreasing hardness passage with 
time. 

The fouling tendency of membrane A is further illustrated in the plot of mass transfer 
coefficient vs time presented in Figure 5. In this side-by-side test, the mass transfer 
coefficient of membrane A decreased by approximately 33 percent. In contrast, the mass 
transfer coefficient for ESNA LF membrane was very stable and actually exhibited a 
slight increase over the first few weeks of operation, 

FIGURE 5. MASS TRANSFER COEFFICIENT VS. TIME 
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2:1 Array Testing 

As shown in Figure 5 the permeate hardness of the ESNA LF membranes which were 
originally tested, produced permeate with a hardness just above the desirable hardness 
range. Through the course of the side-by-side testing, Hydranautics exhibited greater 
flexibility in optimizing the performance of the ESNA LF to meet the permeate quality 
requirements, A series of ESNA LF membranes were produced with hardness rejections 
of 92, 95, and 98 percent. To demonstrate that the ESNA LF membrane could be made to 
meet the required permeate hardness range for this project, a 2:1 membrane array was 
tested with 95 percent hardness rejection ESNA LF membranes in the first stage and 92 
percent hardness rejection membranes in the second stage. 
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The results of the 2:1 array testing are shown in Figure 6, The graph illustrates the 
permeate hardness for the first stage, second stage and composite total permeate 
hardness. The composite permeate hardness for the 2:1 array was approximately 60 mg/1 
which is close to the middle of the desirable permeate hardness range. 

FIGURE 6. PERMEATE HARDNESS VS. TIME 
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Summary 

Although numerous problems were encountered in developing the design for the largest 
nanofiltration plant in the world, through a comprehensive pilot testing program these 
problems were overcome and an optimum membrane treatment solution was developed. 
Initial severe colloidal fouling problems were solved through a combination of wellfield 
rehabilitation and installation of multimedia filtration. When traditional chemical 
pretreatment options failed due to unacceptably high fouling rates associated with 
naturally occurring organics, an unconventional approached was adopted that eliminated 
pretreatment chemicals and put the naturally occurring organics to work as scale 
controlling agents. Not only does this approach simplify operation and avoid potential 
problems associated with acid storage and handling, but more importantly it significantly 
reduces operating costs. Initial calculations indicated that this treatment facility would 
require one tanker truckload of acid per day at a cost of approximately $3,000 per day. In 
addition to cost savings associated with eliminating acid, similar savings will also be 
realized due to the elimination of antiscalant. 



Another revolutionary development, which evolved through this pilot test program, was 
the introduction of low fouling technology to nanofiltration membranes. The viability of 



long-term operation without acid and antiscalant was first demonstrated using the new 
low fouling ESNA LF nanofiltration membranes. These membranes demonstrate much 
less susceptibility to organic fouling than several other conventional nanofiltration 
membranes in side-by-side testing. 

The new low fouling membranes initially were not included in the side-by-side testing 
due to capital cost considerations. Hydranautics advised that, as with their low fouling 
LF series for brackish water treatment, there were additional manufacturing costs 
associated with producing the low fouling ESNA LF nanofiltration membranes. 
Hydranautics indicated that the additional manufacturing costs associated with producing 
the low fouling membrane surface would necessitate a 15 to 20 percent premium over the 
cost of conventional nanofiltration membranes. For this reason, there was initially a 
concern that the ESNA LF membrane may not be cost competitive with other 
nanofiltration membrane elements. However, considering that the membranes from 
manufacturers B and C did not meet the permeate hardness targpt and considering that 
membrane A exhibited troublesome fouling tendencies, it was decided to add the ESNA 
LF membrane to the side-by-side testing. The results of this testing indicated that the 
ESNA LF membrane offered the following advantages: 

■ Much more stable and reliable operation than the Membrane A. 

■ Lower fouling tendency than the other membranes. The lower fouling tendency 
should result in reduced cleaning frequency and cleaning costs. 

■ Lower operating pressure (10 -12 psi lower transmembrane pressure) than the 
Membrane A. This should result in lower operating costs. 

■ Better THMFP rejection than Membrane A. 

■ Ability to meet the permeate hardness requirements. 

Most importantly the operational benefits and cost savings associated with the 
elimination of acid and antiscalant will more than offset the small capital cost premium 
for these membranes. In addition, through further pilot testing, the properties of the 
ESNA LF membrane were optimized to meet the treatment City's treatment objectives. 
The hardness rejection of these membranes was optimized to produce permeate in the 
City's desired hardness range. This was an important objective for the City since it 
reduces corrosion control concerns and post-treatment costs and it simplifies operation 
with respect to blending permeate with lime softened water. These benefits were 
achieved while maintaining the ability to meet treatment objectives for color and DBPs. 
In addition to setting a new precedent in terms of nanofiltration capacity, this project 
introduced several innovations in the approach to pretreatment and in low fouling 
technology for nanofiltration. 
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Introduction 

The City of Deerfield Beach, Florida, needed to expand its existing Lime Softening Plant 
at the West Water Treatment Plant by 10.5 mgd. Membrane Softening was selected as 
the water treatment process for the West Water Treatment Plant expansion due to the 
superior water quality which could be achieved and the enhanced ability to meet future 
projected drinking water regulations. A picture of the Deerfield Beach Membrane 
Softening Facility under construction is presented in Figure 1. The membrane treatment 
facility has been designed with five membrane trains, with each train having a capacity of 
2.625 mgd. The required 10.5 mgd of capacity to meet projected maximum day demand 
requirements can be achieved with four trains in operation with the fifth train acting as an 
installed standby unit. 




Figure 1 
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Raw Water Quality and Treatment Objectives 

Raw water quality parameters of interest for the City of Deerfield Beach Membrane 
Softening Plant are summarized in Table L The primary water quality parameters which 
are of concern for this project include hardness, color, DBP's and iron. The average raw 
water hardness in the City's well water supply is approximately 235 mg/1 as calcium 
carbonate. Several years ago, an American Water Works Association committee set 80 
mg/1 of hardness as a desirable goal for finished water hardness. The City has been able 
to produce water with hardness in the range of 70 to 90 mg/1 using the lime softening 
process. However, as discussed below, with the lime softening process the addition of 
free chlorine to reduce color levels can create challenges in meeting disinfection 
byproduct regulations. Membrane softening offers the advantage of being able to remove 
color while at the same time reducing the levels of disinfection byproduct precursors. 
Membranes are very effective in reducing hardness; however, for corrosion control 
considerations, the City would prefer to maintain finished water hardness in the range of 
70 to 90 mg/1. To achieve this objective, the project specifications require that permeate 
calcium levels be in the range of 20 to 33 mg/1 as calcium ion. 



Table 1 



Raw Water, Permeate and Finished Water Requirements 













Bicarbonate 


mg/1 


235 


50 to 150 




Calcium 


mg/1 


95 


10 to 33 




Total Hardness 


mg/1 CaC03 


248 






Chloride 


mg/1 


33 




250 


Color 


cu 


50 


<2 


15.0 


Iron 


mg/1 


L5 


<0.2 


0.30 


Sodium 


mg/1 


25 




160 


Sulfate 


mg/1 


34 




250 


Total Dissolved Solids 


mg/1 


482 


<250 


500 


Total Trihalomethane 
Formation Potential 


ug/1 


400 


40 


80 


Total Haloacetic Acid 
Formation Potential 


ug/1 


300 


30 


60 



The City's raw water is generally high in color with values ranging from 30 to 70 color 
units. Historically the City has reduced color by the addition of up to 20 mg/1 of chlorine 
prior to softening. The addition of high chlorine dosage rates with the relatively high 
TOC (7.6 mg/1) results in DBP's including total trihalomethanes (TTHM) values that 
range from 25 to 90 ug/1 and total haloacetic acid (THAA) values of 60 to 90 ug/1 in the 
finished water. Since chlorine addition for color removal must be balanced against the 
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need to maintain acceptable DBP levels in the distribution system, color values in the 
finished water from the lime softening plant typically are in the range of 1 1 CU. While 
this color value is below the secondary standard of 15 CU, it is perceptible to a 
significant number of consumers. For this reason, lowering finished water color levels is 
an important treatment objective for the City in order to improve customer satisfaction. 
One of the primary advantages of the membrane treatment process is the ability to 
remove both color and DBP precursors in a single treatment step. Depending on 
membrane selection, color should be reduced to 1 to 2 CU in the permeate. In addition, 
with membrane treatment, THM formation potential (THMFP) and HAA formation 
potential (HAAFP) should be reduced below the specification requirements of 40 and 30 
ug/1 respectively. 

Another treatment concern for the City is the high levels of iron in the raw water, which 
historically have averaged 1.6 mg/1 with values as high as 2,2 mg/1. The City is 
rehabilitating four of its wells, which will be dedicated to the membrane softening plant. 
As shown in Table 1, raw water iron levels for the membrane plant are anticipated to 
average 1.5 mg/1. Since the rejection of iron should be similar to the rejection of calcium, 
if higher iron removal is required, the overall permeate hardness will decrease. This 
means that with high raw water iron levels in the membrane softening process, finished 
water hardness objectives must be balanced against iron removal objectives. Because 
there is an MCL for iron but not for hardness, it was considered more important to select 
the membrane performance to meet the MCL for iron than maintaining a minimum 
permeate hardness greater than 50 mg/1 as CaCC>3. In addition, the permeate will be 
blended with lime softened water in approximately a 60:40 ratio, which will help to keep 
the finished water hardness in the desirable range. A permeate iron concentration of 0,2 
mg/1 was established as a permeate treatment objective in order to provide a safety 
margin on the drinking water MCL of 0.3 mg/1. 

Hybrid Membrane Design 

At the time that the Deerfield Membrane Treatment plant was originally designed, the 
Hydranautics ESNA1 membrane was a relatively new nano filtration membrane available 
on the market. The manufacturer's specification sheet rated this nanofiltration membrane 
at approximately 80 percent salt rejection. The corresponding hardness rejection was on 
the order of 94 percent. Membrane performance projections using the manufacturer's 
proprietary software program indicated that a membrane system design using the ESNA1 
membrane alone would not provide sufficient hardness removal. 

To overcome this problem a hybrid membrane design was offered which used higher 
rejection ESPA1 membranes in the first stage together with the lower rejection ESNA1 
membranes in the second stage. The ultra low pressure ESPA1 membranes in the first 
stage provided the required removal of hardness and other dissolved ions, while 
installation of the nanofiltration membranes in the second stage resulted in the production 
of a more balanced finished water and superior flux distribution in the membrane 
treatment process. This hybrid design took advantage of the lower power consumption 
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associated with the ESNA1 membrane, while incorporating the higher rejection 
properties of the ESPA1 membrane to meet the quality objectives. 

It was decided that four membrane trains producing 2.625 mgd each should be provided 
to produce the required permeate capacity of 10.5 mgd. A membrane array of 48:24 was 
selected for each 2.625 mgd train to achieve an appropriate permeate flux for the system. 
For the hybrid system design, ESPA1 membranes would be used in the first stage with 
ESNA1 membranes in the second stage. This configuration provides the most balanced 
flux distribution for the system and avoids the need for repumping between the first and 
second stages. 

Recent Developments 

The nanofiltration market is changing rapidly and the performance of several membrane 
models has improved since the time that the design was developed for this project. For 
example, nominal salt rejection of several nanofiltration membranes has increased from 
80 percent for the original Deerfield Beach design to over 90 percent at the present time. 
Hardness rejection of greater than 98 percent has been observed from membranes used 
for recent pilot testing. Koch has made similar increases in rejection for their 8921 series 
of nanofiltration membranes. In addition, Dow has made changes to their nanofiltration 
lineup by replacing their NF70 membrane with a higher rejection NF90 membrane and a 
lower rejection NF200 membrane. For many membrane softening applications in South 
Florida, this means that an all nanofiltration design can achieve the required reduction in 
hardness and iron. An all nanofiltration membrane system design should result in lower 
operating pressure and lower power consumption as compared to a hybrid design. 

Another significant development is the release of a new low fouling nanofiltration 
membrane, Hydranautics has released a new lower fouling version of the ESNA 
membrane that has been designated as the ESNA LF (low fouling) membrane. This 
membrane will use similar low fouling technology, which has already been applied to 
their LF series of membrane for low pressure RO applications. By lowering the 
membrane fouling potential, these membranes offer an opportunity to reduce operating 
costs by lowering power consumption and reducing the cost of chemicals and labor 
associated with membrane cleaning. It has been observed that naturally occurring 
organics, predominantly humic acids, have a tendency to foul the membrane surface. As 
a result of this fouling, the applied pressure to the membranes must be increased to 
maintain the required permeate flow. This results in an increase in power consumption 
and the associated operating costs. In addition, more frequent membrane cleaning may 
be required to control membrane fouling and prevent the fouling from becoming 
excessive and/or irreversible. By lowering membrane fouling tendency, system 
reliability will be improved, and system down time and lost production associated with 
membrane cleaning will be reduced. 

Hydranautics has also displayed some flexibility in optimizing the performance of the 
ESNA LF membrane to meet differing treatment objectives for several softening 
applications in South Florida. 
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Low Fouling Membrane Performance Comparison 

Mechanisms which affect the rate of membrane fouling by organic molecules include 
membrane surface charge, charge of the organic molecules, concentration of organics, 
membrane flux and operating recovery. Pilot plant investigations have demonstrated 
that different membrane models have different surface charges, which may make that 
model more susceptible to fouling by organics. Figures 2 and 3 show test results from a 
side by side test of the ESNA LF membranes versus another nanofiltration membrane 
(Figure 2) and a hybrid design (Figure 3). Figure 2 illustrates that membrane A 
experienced a rapid decline in mass transfer coefficient from startup through the first 30 
to 40 days of operation. The mass transfer coefficient for membrane A declined by 
approximately 30 percent while the ESNA LF membrane initially showed a slight 
increase in mass transfer coefficient and then exhibited very stable operation for the 
duration of the test. The reference line on the graph indicates the mass transfer 
coefficient corresponding to the maximum specified membrane operating pressure. If the 
mass transfer coefficient falls below this value, the maximum specified operating 
pressure of 80 psi (transmembrane pressure) would be exceeded. 
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Figure 3 presents a comparison of hardness passage for an ESNA LF system with a 
Hybrid membrane design similar to the design originally proposed for Deerfield Beach, 
This hybrid design utilizes an ultralow pressure Membrane B in the first stage and a 
nanofiltration Membrane A in the second stage. As can be seen from this graph, the 
hardness passage for membrane A decreased by greater than 50 percent over the first 30 
days of testing. The hardness passage of the ESNA LF membrane in similar side by side 
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testing remained relatively constant. As discussed previously, to achieve a maximum iron 
concentration of 0.2 mg/1 in the permeate, permeate hardness will correspondingly be 
below the minimum desirable range of 50 mg/1 as CaC0 3 . While both the ESNA LF and 
hybrid designs result in hardness below the desirable range, the permeate hardness for the 
ESNA LF membrane is closer to the desirable range. 

Figures 2 and 3 illustrate the superior operating stability of the ESNA LF membrane. 
The rapid decline in mass transfer coefficient and hardness passage for membrane A 
indicates that the performance of this membrane was dramatically affected by fouling. In 
addition to increased power consumption and cleaning costs associated with this fouling, 
there is also a concern that cleaning to restore the mass transfer coefficient and lower 
operating pressure may also significantly increase hardness passage to the initial values. 
This could result in wide swings in hardness values associated with membrane cleanings. 
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Optimizing Membrane System Performance 

While the testing at other locations demonstrated that the ESNA LF membranes would 
provide more stable operation than the originally proposed hybrid design, the 92 percent 
hardness rejection of the ESNA LF membrane reflected in Figure 3 would not be 
sufficient to reduce the higher iron levels in the Deerfield Beach raw water. As shown in 
Table 1, the Deerfield Beach raw water iron concentration is 1.5 mg/1 while the target 
permeate concentration was set at 0.2 mg/1. This permeate iron concentration was 
selected to provide a safety margin on the drinking water MCL of 0.3 mg/1. In order to 
optimize the ESNA LF membrane design for Deerfield Beach, Hydranautics agreed to 
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provide their membrane pilot test unit and several sets of membrane elements with 
varying hardness rejection values. 



Figure 4 Deerfield Beach Pilot 
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Data from the pilot test runs performed to optimize membrane performance are 
summarized in Figure 4. Initially the pilot unit was loaded with 98 percent hardness 
rejection membranes in the first and second stage. As can be seen in Figure 4, permeate 
hardness values for the first two or three days of operation were less than 20 mg/1. The 
corresponding permeate iron concentration was approximately 0.03 mg/1. Since these 
permeate hardness and iron values were much lower than required, it was decided to 
install 92 percent hardness rejection membranes as the last three elements in each first 
stage vessel and in the entire second stage of the pilot unit. Operation from day 5 through 
day 28 reflects the performance of this system configuration. Permeate hardness 
increased to between 50 to 60 mg/1 and permeate iron concentrations increased to 
between 0.18 to 0.24 mg/1. Overall hardness rejection with this configuration was 
approximately 94 percent. While these permeate concentrations were generally 
acceptable, the raw water iron concentration to the pilot unit was only 1.0 mg/1 compared 
to the average raw water concentration of 1.5 mg/1. Because of rehabilitation work on 
several wells, it was decided to install the pilot unit at one of the well heads that would 
not be impacted by this work. Unfortunately this well had a lower iron concentration 
than the average design value. For this reason, higher rejection membrane would be 
required to meet the permeate quality objectives using raw water with the higher 
composite iron concentrations. 
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To increase the overall rejection of the system, 95% hardness rejection elements were 
installed completely in one first stage vessel and the second stage vessel. The other first 
stage vessel had the same mix of 98 percent and 92 percent hardness rejection 
membranes as in the previous run. As shown in Figure 4 this modification resulted in a 
composite permeate hardness of approximately 30 mg/1. This combination also lowered 
the iron concentrations to 0.11 mg/1 at feed pH=6,5. Considering that the iron feed 
concentrate was approximately 1.0 mg/1 for the pilot, permeate iron concentrations could 
be expected to increase to 0.16 to 0.17 mg/1 when operating on composite raw water with 
iron concentrations of L5 mg/1. 

Another factor that needed to be considered was feed acidification. As will be discussed 
in the Economic Analysis section, significant operating cost savings can be achieved by 
eliminating antiscalant dosing and by reducing acid consumption by raising the acidified 
feed pH from 6.2 to 6.5; however, if acid dosing could be eliminated completely, even 
greater cost savings could be realized and safety hazards associated with storage and 
handling of acid could be avoided. For this reason, it was decided to select the membrane 
rejection that would result in a permeate iron concentration of 0.2 mg/1 with no feed 
acidification. A higher rejection membrane would be required with no feed acidification 
because sulfuric acid addition replaces bicarbonate ions with sulfate ions and ion pairs 
with a cation and sulfate ion are rejected better by the membrane than the same cation 
paired with a bicarbonate ion. In order to achieve a permeate iron concentration using 
composite raw water with an iron concentration of 1.5 mg/1 with no feed acidification, it 
was decided to establish the target membrane hardness rejection at 96 percent. 

Based on the results of the Deerfield Beach pilot testing, Hydranautics produced a batch 
of 96 percent hardness rejection membranes. Due to other commitments the pilot unit 
had to be moved from the Deerfield Beach site before the 96 percent hardness rejection 
membranes could be tested; however, these membranes were subsequently pilot tested at 
the Broward County System 1A plant. The raw water quality at the System 1A plant is 
generally similar to Deerfield Beach. Each plant has hardness in the range of 240 to 250 
mg/1, iron in the range of L0 to 1,5 mg/1, and color in the range of 50 to 60 CU. As 
shown in Figure 5, permeate hardness for the System 1A pilot test unit using the 96 
percent hardness rejection membranes was in the range of 25 to 35 mg/L The 
corresponding permeate iron concentrations are in the range of 0.1 to 0.13 mg/1. The feed 
iron concentration for this testing was approximately 1.0 mg/L Extrapolating this data to 
the Deerfield Beach raw water quality with 1.5 mg/1 of iron, the permeate iron 
concentration should be in the range of 0.15 to 0.20 mg/1. This permeate iron 
concentration was achieved without feed acidification. 

Due to time constraints, it was only possible to operate the Deerfield Beach pilot test 
without acid and antiscalant addition for approximately 4 days. However, in the 
subsequent testing at System 1A, all of the pilot testing was conducted without acid or 
antiscalant addition. As shown in Figure 6, the pilot unit exhibited stable operation 
without acid and antiscalant addition as evidenced by the stable mass transfer coefficients 
in the first and second stage. 
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Figure 5 - Broward Count} 
System 1A Hardness 
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Analytical test results from this testing indicated that the permeate iron concentration was 
approximately 0.076 mg/1 at feed pH=7.2. Unfortunately the corresponding feedwater 
iron concentration was not analyzed; however, back calculating iron feed concentration 
from the permeate and concentrate iron concentrations and corresponding flow rates 
resulted in a feed concentration of 0.8 mg/L At Deerfield Beach conditions with 1.5 mg/1 
in the feed, the corresponding permeate iron concentration would be 0.14 mg/1. This 
value compares with the target permeate iron concentration for Deerfield Beach of 0.2 
mg/1 with a feed concentration of 1.5 mg/1 and a pH=7.0. 

Economic Analysis 

An economic evaluation was performed to quantify the potential cost savings associated 
with the use of the low fouling membrane technology compared to the original hybrid 
membrane design. Potential cost saving areas included lower power consumption, lower 
pre-treatment chemical consumption, reduced cleaning chemical consumption and 
cleaning labor. The greatest potential cost savings are associated with reduced pre- 
treatment chemical consumption. 

Reduced Chemical Pretreatment 

Based on recently completed pilot and performance testing at Deerfield Beach, Boca 
Raton and Broward County by CDM, it appears that acid consumption may be reduced 
and antiscalant dosing eliminated when the low fouling ESNA LF membranes are used. 
The original hybrid design was based on acidifying the feed to a pH of 6.2 and the 
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addition of 2 to 3 mg/1 of antiscalant. The membrane pilot unit at Deerfield Beach 
operated successfully for over 30 days with feed acidification to a pH of 6.5 without 
antiscalant addition. Pilot testing st the other locations indicated that both acid and 
antiscalant pretreatment could be eliminated. Unfortunately, due to other commitments, 
there was only sufficient time available to conduct a very short run without acid and 
antiscalant on the Deerfield Beach pilot. For this reason, the cost figures in Table 4 were 
based on lowering the pH to 6.5 and no antiscalant addition. It is estimated that this 
reduction in pretreatment chemicals will result in an annual cost savings of approximately 
$112,400. If acid addition can be completely eliminated, additional cost savings may be 
realized. 



Figure 6- Broward County System 1 A 
Mass Transfer Coefficient 
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Due to the requirement for reducing permeate iron concentrations to 0.2 mg/1, both 
systems would reduce permeate hardness to less than 50 mg/1. Both systems would 
require post-treatment with pH adjustment using caustic soda and the addition of a 
corrosion inhibitor. For the purposes of this cost estimate it has been assumed that zinc 
orthophosphate at a dosing rate of approximately 2.5 mg/1 of chemical as delivered would 
be used for corrosion control Pilot test results indicated that the hybrid system would 
result in permeate hardness values in the range of 20 to 30 mg/1. When this water is 
blended at the design blending rate of approximately 60 percent membrane softened with 
40 percent lime softened water, the finished water hardness would be less than 40 mg/1. 
This is much lower than the finished water hardness range of 70 to 90 mg/1 preferred by 
the City for corrosion control. For the low fouling nanofiltration membranes, based on 
pilot testing and performance projections, it is estimated that with a 60:40 blend of 
membrane softened with lime softened water, the finished water hardness would be 
approximately 50 mg/1 which is an improvement over the projected hybrid performance. 
Results of recent pilot testing indicated that the hybrid membrane system may require 
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cleaning approximately every three months while with the low fouling membranes, the 
cleaning frequency could be reduced to once per year. The savings on cleaning chemicals 
alone associated with this reduced cleaning frequency would be on the order of $54,000 
per year. 

Based on pilot testing at another South Florida location, it was originally estimated that 
power consumption of the high pressure membrane feed pumps could be reduced by 
almost 30 percent through the use of the low fouling membranes. However, due to the 
requirement for reducing permeate iron concentration to 0.2 mg/1, higher rejecting ESNA 
LF membranes will be required at Deerfield Beach compared to the other test location. 
As a result it is now estimated that only a modest reduction in energy costs will be 
realized with the low fouling membranes. As shown in Table 4 these cost savings are 
estimated to be approximately $10,300 per year. 

Since the low fouling membranes require an additional treatment step in the 
manufacturing process to improve the fouling properties of the membrane, these 
membranes are anticipated to sell at a 15 to 20 percent premium over the cost of 
conventional nanofiltration membranes. The economic analysis presented in Table 4, 
includes this additional premium on the initial membrane cost. In addition, the annual 
membrane replacement cost has been increased proportionately. It is anticipated that this 
approach may be overly conservative since the cost of new membrane products has 
shown a downward trend rather than increasing with time, particularly on a cost per 
thousand gallons basis. 

As shown in Table 4, the cost savings associated with the low fouling membranes are 
anticipated to be on the order of $126,300 per year, even considering the initial additional 
membrane cost and increased membrane replacement cost. Based on a project life of 20 
years, an average daily flow for the membrane plant of 7.6 mgd, a discount iate of 7,5 
percent, and an annual inflation rate of 3.5 percent per year, this would translate into a net 
present value savings of approximately $1.80 million. 

In summary, the use of low fouling nanofiltration membranes should reduce pretreatment 
chemical consumption and should reduce or eliminate the use of sulfuric acid and the 
associated storage and handling concerns. The associated reduction in the consumption 
of pretreatment chemicals, cleaning chemicals, and power should result in significant cost 
savings for the City of Deerfield Beach, Since the membranes for this project are being 
procured under a separate Membrane Procurement Contract, the City has an opportunity 
to take advantage of this new technology. 
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TABLE 4- COST COMPARISON 



Interest Rate : 


7.50% 




Plant Life : 


20 




Energy Cost $/KwH: 


$0,070 




Average Day Flow, mgd: 


7.6 
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Recovery Ratio 
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Direct capi tai i^osts 






Sub-Total Direct Costs 


11,623.05 


11,623.05 


Direct Costs ($/gpd) 


1.11 


1.11 


Estimated Indirect Capital Costs 






Interest During Construction, Working Capital, A&E Fee 


1,134,90 


1,134.90 


1. Total Capital Costs + Additional Membrane Cost 


$12,946.95 


$12,757.95 


2. Capital Costs ($/gpd) 


$1.23 


$1.22 


Production Costs (Annual) 






1. Fixed Capita] Charges 


1269.99 


1251.46 


2. Power Costs 


483.52 


493.80 


3. Chemicals 


243.48 


409,50 


4. Membrane Replacement 


283.50 ~ 


252.00 


5. Replacement Parts & Maintenance 


81.44 


81.44 


6. Direct 0 & M Labor 


190.00 


190.00 


7. Labor OH & G&A (40%) 


76.00 


76.00 


Total Annual Costs 


$2,627.94 


$2,754.20 


Total Annual Production @ 90% Utilization (Kgal) 


2,767,917 


2,767,917 


Unit Operation Cost (No Capital)($/Kgal) 


$0.49 


$0.54 


Total Unit Production Costs($/Kgal) 


$0.95 


$1.00 


Net Present Value 


$31,624.86 


$33,427.54 


Net Present Value Savings 


$1,802.67 





Note: Capital Costs do not include new generator building or improvements to existing plant 



The Deerfield Beach membrane water treatment plant is scheduled to start-up in Spring 2003 with the new 
Hydranautics ESNA LF membranes installed. c 
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Advantages of New Low Fouling Nanofiltration Membranes vs. 
a Hybrid Membrane Design for Deerfield Beach 

by 

Author: Curtis A. Kiefer - Membrane Treatment Specialist 
CDM, Fort Lauderdale, FL 

Co-Author: Harold E. Jackson - Project Manager 
CDM, Fort Lauderdale, FL 



Introduction 

The City of Deerfield Beach historically has supplied their customers with lime softened 
water from their East and West Softening Facilities. The maximum day demand at the 
time of the water treatment plant expansion feasibility study for this project was 15 
million gallons per day (mgd). The permitted capacity of the West Water Treatment Plant 
(WTP) was 6.0 mgd with the balance of demand being met from the East WTP. At the 
time of the study, the raw water quality of the wellfield supplying the East WTP had been 
declining over the past several years due to salt water intrusion. As a result, the City 
determined that all future water supply should be from the West Wellfield and that the 
West Plant should be expanded to handle current demand and future projected demand. 
Projections of future growth indicated that the maximum day demand would increase to 
18 mgd by 2010. To meet this demand, it was decided to increase the rating on the 
existing West Plant from 6.0 to 7.5 mgd. The remaining 10.5 mgd of capacity would be 
met by a new plant expansion project at the West WTP. 

Process options for expansion of the West Water Treatment Plant included lime softening 
and membrane softening. The lime softening process would be coupled with ozone for 
color removal and for reducing the formation of disinfection byproducts (DBP's). 
Membrane Softening was selected as the water treatment process for the West Water 
Treatment Plant expansion due to the superior water quality which could be achieved and 
the enhanced ability to meet future projected drinking water regulations. A picture of the 
Deerfield Beach Membrane Softening Facility under construction is presented in Figure 1. 
The membrane treatment facility has been designed with five membrane trains, with each 
train having a capacity of 2.625 mgd. The required 10.5 mgd of capacity to meet 
projected maximum day demand requirements can be achieved with four trains in 
operation with the fifth train acting as an installed standby unit. 

Raw Water Quality and Treatment Objectives 

Raw water quality parameters of interest for the City of Deerfield Beach Membrane 
Softening Plant are summarized in Table 1 . The primary water quality parameters which 
are of concern for this project include hardness, color, DBP's, and iron. The average raw 
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water hardness in the City's water supply is approximately 235 milligrams per liter (mg/1) 
as calcium carbonate. Several years ago, an American Water Works Association 
(A WW A) committee set 80 mg/1 of hardness as a desirable goal for finished water 
hardness. However, due to higher chemical costs, most softening plants, including the 




Figure 1 



City of Deerfield Beach produces finished water in the range of 80 to 100 mg/1 of 
hardness. The City prefers to maintain finished water hardness in the range of 70 to 90 
mg/1. To achieve this objective, the project specifications require that permeate calcium 
levels must be in the range of 20 to 33 mg/1 as calcium ion. 



Table 1 

Raw Water, Permeate and Finished Water Requirements 


Permeate 


Unit 


Projected 
Membrane 
Raw Water 


Required 

Membrane 
Permeate 


Projected 
Finished Water 
Quality 


Regulatory 
Reqs. 
MCL's 


Bicarbonate 


mg/1 


235 


70 to 150 


56.5 




Calcium 


mg/1 


95 


20 to 33 


24.8 




Total Hardness 


mg/1 CaC03 


248 




65.8 




Chloride 


mg/1 


33 




33.1 


250 


Color 


CU 


50 


1 


5.4 


15,0 


Iron 


mg/1 


1 


<0.1 


0.16 


0.30 


Sodium 


mg/1 


25 




18.0 


160 


Sulfate 


mg/1 


34 




8.7 


250 


Total Dissolved Solids 


mg/1 


482 


<250 


143 


500 


Total Trihalomethane 
Formation Potential 


ug/1 


400 


40 


25 


80 


Total Haloacetic Acid 
Formation Potential 


ug/1 


300 


30 


46 


60 
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The City's raw water is generally high in color with values ranging from 30 to 70 color 
units (CU). Historically the City has reduced color by the addition of up to 20 mg/1 of 
chlorine prior to softening. The addition of high chlorine dosage rates with the relatively 
high TOC (7.6 mg/1) result in DBP's including total trihalomethanes (TTHM) values that 
range from 25 to 90 micrograms per liter (ug/1) and total haloacetic acid (THAA) values of 
60 to 90 ug/1 in the finished water. Since chlorine addition for color removal must be 
balanced against the need to maintain acceptable DBP levels in the distribution system, 
color values in the finished water from the lime softening plant typically are in the range 
of 1 1 CU. While this color value is below the secondary standard of 15 CU, this level of 
color is perceptible to a significant number of consumers. For this reason, lowering 
finished water color levels is an important treatment objective for the City in order to 
enhance customer satisfaction. One of the primary advantages of the membrane treatment 
process is the ability to remove both color and DBP precursors in a single treatment step. 
Depending on membrane selection, color should be reduced to 1 to 2 CU in the permeate. 
In addition, with membrane treatment, THM formation potential (THMFP) and HAA 
formation potential (HAAFP) should be reduced well below the specification 
requirements of 40 and 30 ug/1 respectively. 

Another treatment concern for the City is the high levels of iron in the raw water, which 
historically have averaged 1.6 mg/1 with values as high as 2.2 mg/1 having been reported. 
The City selected and is in the process of rehabilitating four of its wells, which will be 
dedicated to the membrane softening plant. As shown in Table 1, with these changes, raw 
water iron levels for the membrane plant are anticipated to average approximately 1 mg/1. 
Iron removal will be a significant consideration in membrane selection for this project. 
Since the rejection of iron should be similar to the rejection of calcium, if a higher 
rejection membrane is selected to improve iron removal, the overall permeate hardness 
will decrease. For this reason, with the membrane softening process, finished water 
hardness objectives must be balanced against iron removal objectives. 

Hybrid Membrane Design 

At the time that the Deerfield Membrane Treatment plant was designed, the Hydranautics 
ESNA1 membrane was a relatively new nanofiltration membrane on the market. The 
manufacturer's specification sheet rated this nanofiltration membrane at approximately 80 
percent salt rejection. The corresponding hardness rejection was on the order of 94 
percent. Membrane performance projections using the manufacturer's proprietary 
software program indicated that a membrane system design using the ESNA1 membrane 
alone would not provide sufficient hardness removal. 

To overcome this problem a hybrid membrane design was developed which used higher 
rejection ESPA1 membranes in the first stage together with the lower rejection ESNA1 
membranes in the second stage. The ultra low pressure ESPA1 membranes in the first 
stage provided the required removal of hardness and other dissolved ions, while 
installation of the nanofiltration membranes in the second stage resulted in the production 
of a more balanced finished water and superior flux distribution in the membrane 
treatment process. This hybrid design took advantage of the lower power consumption 
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associated with the ESNA1 membrane, while incorporating the higher rejection properties 
of the ESPA1 membrane to meet the quality objectives. Table 2 presents a performance 
comparison of the ESPA1 and ESNA1 membranes. As can be seen from this table, the 
ESNA1 membrane produces 10,000 gallons per day (gpd) of permeate at an applied 
pressure of 75 pounds per square inch (psi) compared to a permeate production of 12,000 
gpd at an applied pressure of 150 psi for the ESPA1. The dramatically lower operating 
pressure for the ESNA1 membrane would translate into reduced power consumption and 
lower operating costs. 

Table 2 also illustrates the dramatic difference in salt rejection between the two 
membranes. The ESPA1 membrane has a high salt rejection rate of 99 percent whereas 
the ESNA1 membrane has a nominal salt rejection of 80 percent. As noted above, at this 
lower rejection, computer projections indicated that the ESNA1 membrane alone would 
not be capable of achieving the permeate quality objectives for this project. 





Membrane Model 


ESPA1 


ESNA1 


Permeate Flow, gpd 


12,000 


10,000 


Salt Rejection (minimum): 


99.0% 


80.0% 


Hardness Rejection 


99.7% 


94.0% 


Configuration 


Spiral Wound 


Spiral Wound 


Material 


Polyamide 


Polyamide 


Nominal Membrane Area 


400 ft 2 


400 It 7 ' 


Standard Test Conditions 






NaCl Solution Concentration, mg/1 


1500 


500 


Operating Pressure, psi 


150 


75 


Operating Temperature, °C 


25 


25 


Recovery 


15% 


1 5% 


PH 


6.5-7.0 


6.5-7.0 



It was decided that four membrane trains producing 2.625 mgd each should be provided to 
produce the required permeate capacity of 10.5 mgd. A membrane array of 48:24 was 
selected for each 2.625 mgd train to achieve an appropriate permeate flux for the system. 
For the hybrid system design ESPA1 membranes would be used in the first stage with 
ESNA1 membranes in the second stage. This configuration provides a very balanced flux 
distribution for the system without repumping between stages. 

A comparison of the performance of the membranes in each stage is provided in Table 3. 
This table illustrates the much higher rejection rate for the ESPA1 elements in the first 
stage versus the ESNA1 elements in the second stage. The ESPA1 elements were 
projected to produce permeate with a Total Dissolved Solids (TDS) of only 23 mg/1 and a 
hardness of less than 10 mg/1. In comparison, permeate from the second stage was 
projected to have a TDS of 488 mg/1 and a hardness of 155 mg/1. This would result in a 
combined permeate with a TDS of 164 mg/1 and a hardness of 54 mg/1. This table also 
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illustrates the well balance flux distribution between the first and second stage with the 
first stage operating at a flux of 13.6 gallons per ft per day (gfd) compared to a flux of 
11.9 gfd in the second stage. Based on this design flux distribution, approximately 70 
percent of the total permeate would be produced in the first stage with the second stage 
producing the remaining 30 percent. 





Table 3 






Hybrid System Stage by Stage Performance Comparison 




Stage 1 


Stage 2 


Total 


Capacity, gpm 


1,827,816 


797,184 


2,625,000 


No. of Vessels 


48 


24 


72 


No. of Elements/Vessel 


7 


7 




Area/element, ft 2 


400 


400 




Flux, gfd 


13.6 


11.9 




TDS, mg/1 


22,8 


488 


164.2 


Total Calcium, mg/1 


2.8 


61 


20.4 


Total Hardness 


9.6 


155 


53,7 


Feed Pressure, psi 


75,6 


52.7 




Recovery 


59.2% 


63.2% 




Backpressure, psi 


0 


0 





Recent Developments 

The nanofiltration market is changing rapidly and the performance of several membrane 
models has changed dramatically since the design was originally developed for this 
project. For example, Hydranautics has worked to improve the rejection of the ESNA1 
membrane and has increased the nominal specification sheet rejection from 80 percent for 
the original Deerfield Beach design to 90 percent at the present time. Rejection of greater 
than 94 percent has been observed from membranes used for pilot testing, Koch has made 
similar increases in rejection for their 8921 series of nanofiltration membranes. In 
addition, Dow has made changes to their nanofiltration lineup by replacing their NF70 
membrane with a higher rejection NF90 membrane and a lower rejection NF200 
membrane. For many membrane softening applications in South Florida, an improved 
rejection rate means a hybrid design is no longer needed to achieve the required reduction 
in hardness. This will allow municipalities to take full advantage of the lower operating 
pressure and lower power consumption of nanofiltration membranes, not only in the 
second stage but throughout the entire membrane array. 

In addition, Hydranautics is in the process of releasing a new lower fouling version of the 
ESNA membrane that may be commercially released as the ESNA LF (low fouling) 
membrane. This membrane will use unique low fouling technology, in some ways similar 
to their LFC series of membrane for low pressure reverse osmosis (RO) applications. 
These lower fouling membranes offer an opportunity to significantly reduce operating 
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costs by lowering power consumption and reducing the cost of chemicals and labor 
associated with more frequent membrane cleaning. It has been observed that naturally 
occurring organics have a tendency to foul the membrane surface. As a result of this 
fouling, the applied pressure to the membranes must be increased to maintain the required 
permeate flow. Higher applied pressure results in an increase in power consumption and 
the associated operating costs. In addition, more frequent membrane cleaning may be 
required to control membrane fouling and prevent the fouling from becoming excessive 
and/or irreversible. By lowering membrane fouling tendency, system reliability will be 
improved, and system down time and lost production associated with membrane cleaning 
will be reduced. 

Another benefit of the ESNA LF membrane is that its hardness rejection characteristics 
have been tailored to provide the optimum hardness rejection for softening applications in 
South Florida. A number of commercially available nanofiltration membranes were tested 
side by side in a recent pilot test for another city with similar hardness characteristics as 
the City of Deerfield Beach. In that testing, the ESNA LF membrane reduced hardness 
into the range of 85 to 95 mg/1. In this hardness range the permeate is very compatible 
with the water produced in the lime softening process but with lower color and DBP 
formation potential. This hardness range is also consistent with the 80 mg/1 desirable 
hardness goal set in the AWWA study mentioned previously. The other commercially 
available nanofiltration membranes, which were evaluated in the test, tended to produce 
permeate hardness which was either far below (20 mg/1) or high above (120 mg/1) the 
optimum range. Permeate with the lower hardness values would either require a higher 
blending rate of permeate with raw water or lime softened water or would require 
stabilization with treatment chemicals such as lime or calcium chloride to increase 
hardness into the desirable range. In a number of applications, additional blending may 
be problematic due to other limiting factors, such as color and/or disinfection byproduct 
formation potential. Another alternative would be to accept the lower hardness and use a 
corrosion inhibitor for corrosion control The addition of a stabilization chemical and/or a 
corrosion inhibitor would result in an associated increase in operating cost. 

Low Fouling Membrane Performance Comparison 

Mechanisms which facilitate membrane fouling by organic molecules include membrane 
surface charge, concentration of organics, membrane flux, and operating recovery. 
Previous investigations have demonstrated that different membrane models have different 
surface charges, which may make that model more susceptible to fouling by organics. 
Figures 2 and 3 show test results from a side by side test of the ESNA LF membranes 
versus another nanofiltration membrane (membrane A) and a hybrid design (Figure 3). 
Figure 2 illustrates that membrane A experienced a rapid decline in mass transfer 
coefficient from startup through the first 30 to 40 days of operation. The mass transfer 
coefficient for membrane A declined by approximately 30 percent, while the ESNA LF 
membrane initially showed a slight increase in mass transfer coefficient and then exhibited 
very stable operation for the duration of the test. The reference line on the graph indicates 
the mass transfer coefficient corresponding to the maximum specified membrane 
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Figure 2 - Pilot Plant 
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operating pressure. If the mass transfer coefficient falls below this value, the maximum 
specified operating pressure of 80 psi (transmembrane pressure) would be exceeded. 



Figure 3 presents a comparison of hardness passage for an ESNA LF system with a 
Hybrid membrane design using an ultra low pressure Membrane B in the first stage and 
the nanofiltration Membrane A in the second stage. As can be seen from this graph, the 
hardness passage for membrane A decreased by greater than 50 percent over the first 30 
days of testing. The hardness passage of the ESNA LF membrane in similar side by side 
testing remained relatively constant. This graph illustrates that the permeate hardness for 
the Hybrid membrane design would be well below the desirable range of 50 to 80 mg/1 
which is indicated by the two reference lines on the graph. Permeate produced by the 
ESNA LF membrane is much closer to the desirable range and is very consistent with the 
70 to 90 mg/1 of hardness which is typically produced by the lime softening plant. With 
the low permeate hardness of the Hybrid design, additional post-treatment may be 
required to stabilize the finished water as discussed previously. 

It is important to note that feed acidification has a significant impact on hardness rejection. 
When sulfuric acid is used for feed acidification, carbonate ions are replaced with sulfate 
ions. Rejection of the divalent calcium and sulfate ion pair is much greater than for 
calcium paired with the monovalent bicarbonate ion. In Figure 3, the ESNA LF 
membrane was tested without acid addition. Computer projections indicate that if the feed 
is acidified to the original design values for the Deerfield Beach Project, permeate 
hardness values could be reduced into the 60 to 65 mg/1 range. This provides a great deal 
of latitude in optimizing the permeate and finished water hardness values for the project. 
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Figures 2 and 3 illustrate the superior operating stability of the ESNA LF membrane. The 
rapid decline in mass transfer coefficient and hardness passage for membrane A indicates 
that the performance of this membrane was dramatically affected by fouling. In addition to 
increased power consumption and cleaning costs associated with this fouling, there is also 
a concern that cleaning to restore the mass transfer coefficient and lower operating 
pressure may also restore hardness passage to the initial values. This could result in wide 
swings in hardness values associated with membrane cleanings. 
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Economic Analysis 

An economic evaluation was performed to quantify the potential cost savings associated 
with the use of the low fouling membrane technology compared to the original hybrid 
membrane design. Potential cost saving areas included lower power consumption, lower 
post-treatment chemical consumption, reduced cleaning chemical consumption, and 
cleaning labor. Based on recently completed pilot and performance testing for other local 
South Florida clients, it was estimated that power consumption of the high pressure 
membrane feed pumps could be reduced by almost 30 percent through the use of the low 
fouling membranes. Assuming that the membrane treatment plant will be based loaded at 
a production rate of 10.5 mgd with an annual utilization factor of 90 percent, annual power 
savings would be on the order of 1.12 million kilowatt hours (kwh)/year. At a power cost 
of $0.07/kwh, this translates to an annual power cost savings of approximately $78,000 
per year. 
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As shown in Figure 3 test results indicated that the hybrid system would result in permeate 
hardness values in the range of 20 to 30 mg/1. When this water is blended at the design 
blending rate of approximately 60 percent membrane softened with 40 percent lime 
softened water, the finished water hardness would be less than 40 mg/1. This is much 
lower than the finished water hardness range of 70 to 90 mg/1 preferred by the City for 
corrosion control. As mentioned previously, options for increasing hardness to the levels 
preferred by the City include blending with raw water, blending with lime softened water, 
increasing the hardness of the lime softened water, chemical addition to increase permeate 
hardness or addition of stabilization chemicals such as caustic soda in conjunction with a 
corrosion inhibitor. Since increasing the blending ratio of lime softened to membrane 
softened water would reduce safety margins on disinfection byproduct formation potential, 
it was concluded that this was not a desirable solution. Similarly, blending with raw water 
would increase disinfection byproducts and would increase finished water color. Blending 
with raw water would practically double finished water color levels, which would negate 
improvements in color removal associated with the new membrane softening plant. For 
this reason, raw water blending was not considered to be a viable option. The addition of 
19 mg/1 of lime to the permeate would result in the lowest cost post-treatment chemical 
addition scenario. At the base loaded membrane production capacity of 10.5 mgd, this 
additional chemical consumption would add approximately $29,000 per year in chemical 
costs. 

Results of recent pilot testing indicated that the hybrid membrane system may require 
cleaning approximately every three months, while with the low fouling membranes, the 
cleaning frequency could be reduced to once per year. The savings on cleaning chemicals 
alone associated with this reduced cleaning frequency would be on the order of $54,000 
per year. 

Since the low fouling membranes require an additional treatment step in the 
manufacturing process to improve the fouling properties of the membrane, these 
membranes are anticipated to sell at a 15 to 20 percent premium over the cost of 
conventional nano filtration membranes. The economic analysis presented in Table 4 
includes this additional premium on the initial membrane cost. In addition, the annual 
membrane replacement cost has been increased proportionately. It is anticipated that this 
approach may be overly conservative since the cost of new membrane products has shown 
a downward trend rather than increasing with time, particularly on a cost per thousand 
gallons basis. 

As shown in Table 4, the cost savings associated with the low fouling membranes are 
anticipated to be on the order of $128,000 per year, even considering the initial additional 
membrane cost and increased membrane replacement cost. Based on a project life of 20 
years, a discount rate of 7.5 percent, and an annual inflation rate of 3.5 percent per year, 
the use of low fouling membranes would translate into a net present value savings of 
approximately $1 .83 million. 
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In summary, the lower fouling membranes appear to offer potential cost savings for the 
City of Deerfield Beach, while producing a finished water hardness which is more 
consistent with the City's treatment objectives. Since the membranes for this project are 
being procured under a separate Membrane Procurement Contract, the City has an 
opportunity to take advantage of this new technology. A test program is currently 
underway to confirm that operational benefits will be realized and that the City's treatment 
objectives will be achieved. 





G&A and Profit: 


15.00% 




A and E Fee : 


6.00%) 




Interest Rate : 


7.50% 




Plant Life : 


20 




Energy Cost $/KwH: 


$0,070 




Contractor Eng+OH+Profit : 


20.00% 




Utilization Factor: 


90.00% 






Membrane Softening Opinion of Cost 
2 Stage Design 
(in $1000's) 




Low Fouling 


Hybrid 


Plant Capacity (mgd) 


10.50 


10.50 


Recovery Ratio 


85.00% 


85.00% 


Direct Capital Costs 






Sub-Total Direct Costs 


11,582.33 


11,582.76 


Direct Costs ($/gpd) 


1.10 


1.10 


Estimated Indirect Capital Costs 






Interest During Construction, Working Capital, A&E Fee 


1,131.02 


1,131.06 


I . Total Capital Costs + Additional Membrane Cost 


$12,902.35 


$12,713.82 


2. Capital Costs ($/gpd) 


$1.23 


$1.21 


Production Costs (Annual) 






1. Fixed Charges 


1265.62 


1,247.13 


4. Power Costs 


537.33 


615.35 


5. Chemicals 


282.99 


366.52 


6. Membrane Replacement 


283.50 


252.00 


7. Replacement Parts & Maintenance 


81.07 


81.07 


S. Direct 0 & M Labor 


190.00 


190.00 


9. Labor OH & G&A (40%) 


76.00 


76.00 


10. G&A and Profit 


407.47 


424.21 


Total Annual Costs 


$3,123.97 


$3,252.28 


Total Annual Production @ 90% Utilization (Kgal) 


3,449,250 


3,449,250 


Unit Operation Cost (No Capital) ($/Kgal) 


$0.54 


$0.58 


Total Unit Production Costs ($/Kgal) 


$0.91 


$0.94 


Net Present Value 


$38,463.21 


$40,293.80 


Net Present Value Savings 


$1,830.59 





Note: Capital Costs do not include new generator building or improvements to existing lime softening plant 
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